Sulfur removal aiming at attending environmental legislation standards has been the focus of many studies. The use of Fluid Catalytic Cracking, FCC, in the removal of gasoline-fraction sulfur contaminants is regarded as advantageous when compared to desulfurization processes downstream of the FCC process. This paper evaluates the effect of Mg addition to the Beta zeolite over n-hexane and thiophene cracking. The catalysts were characterized by X-ray diffraction (XRD), X-ray with dispersive energy fluorescence analysis (EDXRF), Fourier transform infrared spectroscopy (FTIR), ammonia temperature programmed desorption (NH 3 -TPD), and Brunauer-Emmett-Teller method (BET). The magnesium incorporation into the zeolite increased the number of Brønsted active sites and total acidity in the catalyst, favoring an increase in selectivity for catalytic cracking reactions and a decrease of isomerization reactions in the n-hexane conversion step. In thiophene conversion, the greater selectivity for hydrogen transfer promoted the formation of H 2 S, and adsorptive capacity is a key factor in alkylated product formation due to the presence of Lewis active sites, which are more predominant in magnesium incorporated catalysts.
INTRODUCTION
Fluid catalytic cracking -FCC is one of the main fuel production processes in a refinery. In this process, heavy petroleum compounds are cracked into lighter compounds and added to the pool of gasoline, diesel, aviation kerosene, or liquefied petroleum gas -LPG (Clough et al., 2017).
The sulfur contained in petroleum is related to the amount of heavy aromatic compounds of high boiling point, which compose the distillation residue. In petroleum-derived fuels, the presence of sulfurized compounds implies higher emissions of primary pollutants, SO x , which cause disturbances to human health and the environment Several countries have set sulfur content limits in fuel reduction strategies with more rigorous environmental regulation (Iruretagoyena & Montesano, 2018) . This trend will continue in the next few years. As a consequence, in order to achieve such higher demands for oil derivatives, sulfurized compounds treatment technologies are essential for the entire oil industry (1995) , the beta zeolite has high selectivity due to the relative ease of reactant diffusion in its pores, which reinforces the assumption that it can be used in the FCC process.
In the FCC process, besides cracking reactions, several parallel and sequential reactions occur among the primary cracking products. An important secondary reaction is hydrogen transfer (HT), which promotes hydrogen exchange among hydrocarbons, with an increase in saturation of some of them, and, consequentially, the formation of olefins, aromatics, and coke precursors. HT has positive effects on the gasoline fraction of FCC, and negative effects on fractions destined to the diesel pool and light olefins destined to the petrochemical plant.
The hydrogen transfer capacity (HT) to the Beta zeolite is inferior to that of the Y zeolite, although still relatively high when compared to ZSM-5. One of the Beta zeolites' HT reaction selectivity adjustment alternatives would be modification with alkaline-earth cations.
In this context, this paper aims at evaluating the effect of magnesium incorporation into Beta zeolites in thiophene cracking in an n-hexane stream.
MATERIALS AND METHODS
The experiments used a commercial ammonium Beta zeolite (BEA -CP814N) from Zeolyst International with SAR 18 and Na 2 O/Al 2 O 3 =0.01 mol/mol ratio. The zeolite in its protic form was obtained after drying at 130 °C followed by calcination for 4 hours in a muffle furnace with air flow, at 500 °C. The resulting H-Beta was then modified by magnesium incorporation through diffusional impregnation and cationic exchange.
Magnesium nitrate hexahydrate (Mg(NO 3 ) 2 .6H 2 O), Sigma-Aldrich/Vetec (P.A., 99%) was used as an alkaline-earth metal source.
The magnesium impregnation process was performed to achieve a metal/aluminum molar relation of 0.2 in the zeolite. The contact time between the precursor solution and the solid was 24 hours, at room temperature. Henceforth, the system was submitted to a vacuum at 70°C until total evaporation of the aqueous phase. The material was then dried in the oven at 100 °C, for 24 hours, and calcinated for 4 hours in a muffle furnace with air flow, at 500 °C.
For the cationic exchange process, H-Beta was added to a magnesium solution 0.1 M and kept under constant stirring at room temperature, for 48 hours. After filtration, the solid was washed with deionized water, dried, and calcinated.
The Beta zeolite in its protonic form was named Hβ. The catalysts prepared by impregnation and ionic exchange were named MgβI and MgβE, respectively.
The aluminum contents were determined by sample opening with HF, and complexometric titration with EDTA by zinc sulfate return using Eriochrome black T as indicator. The silicon content estimates in the zeolites were obtained by difference in the formula in zeolite starter oxides, considering:
(1)
Where: z = SAR = Al 2 O 3 /SiO 2 Sodium and magnesium contents were determined by X-ray with dispersive energy fluorescence analysis (EDFRX) in a Bruker model S2 Ranger equipment with helium flow. The contents were exposed for 200 seconds and radiation source operating conditions were specified for each indicated chemical element (Si, Al, and Mg).
The surface area and pore size distribution were measured through a Quantachrome model Nova-2000 equipment, through N 2 adsorption at 96 °C. Surface area was determined using the BET method (Brunauer-Emmett-Teller). Pore size was measured using the BJH methodology (BarrettJoyner-Halenda) for adsorption isotherms. In the analysis, 0.1 g of sample was pretreated at 300 °C under vacuum for 1 hour in each.
The characterization of samples by X-ray diffraction (XRD) was performed to identify the relative crystallinity. The determination of crystallographic standards present in the catalysts was performed in a Shimadzu model XRD 6100 diffractometer with a Cu-Kα tube at 40 kV and 30 mA, with a sample drawer specific for powder like material. The diffractograms were obtained in the 2θ range between 5 and 80°, with a scanning speed of 2° min -1 and 0.02° step at every 0.6 s.
The characterization by Fourier transform infrared spectroscopy (FTIR) was performed in a Perkin Elmer spectrophotometer model Spectrum One, with a wave number reading between 4000 and 400 cm -1 , with 32 scans per sample.
The characterization by ammonia temperature programmed desorption (NH 3 -TPD) for acidic site strength distribution analysis was performed in a multipurpose analytic system (SAMP). The samples (100mg) were pretreated at 400 °C in a He atmosphere for 40 min and then exposed to a flux of 30mL/min of a gaseous mixture of 2% NH 3 and 98% He mol/mol at 100 °C for 45 min. For desorption of physisorbed compounds, the sample was kept at 100 °C for 60 minutes under He flow. A heating ramp of 10 °C/min up to 800 °C was applied for the desorbed ammonia measurement in µmols of NH 3 /g cat .
The catalytic behavior was evaluated, in gaseous phase, in a system containing a glass tubular reactor of 10 mm diameter at a temperature of 500 °C. 5 mg of catalysts were pretreated in a nitrogen atmosphere at 500 °C for 2 hours before each test. The reactants were fed via a high performance infinite isocratic dosing pump model 1260 Infinity Series, Agilent Technologies. The reaction mixture flow rates of each experiment were adjusted to obtain a space velocity (WHSV) of 0.83 s -1 .
The reactional mixture was attested to be composed of 100 ppm thiophene (99% reactant A.C.S., Sigma-Aldrich) in n-hexane (≥99% reactant A.C.S., Sigma-Aldrich). Thiophene was used as a model molecule representing organosulfur compounds and n-hexane as a gasoline-fraction paraffinic compound.
The effluent was analyzed through a gas chromatographer model 7890B, Agilent Technologies, with automatic sampling, flame ionization detector (FID) for determining hydrocarbons and sulfur by chemiluminescence with a double plasma burner (SCD-DP). For hydrocarbon separation, a capillary column Alumina Chloride Plot, 50 m x 0.32 mm x 5 µm, Supelco, was used with a split ratio of 400:1. For sulfur compounds separation, a capillary column DB-Sulfur SCD, 40 m x 0.32 mm x 0.75 µm, Agilent Technologies, with a split ratio of 100:1 was used.
Catalyst Brønsted acidity analysis was determined by an α test, with pure n-hexane, measuring protolithic hydrocarbon cracking, and indirectly determining the catalytic activity and The catalyst relative activity index was normalized from the catalyst conversion rate divided by the Hβ catalyst rate:
Where:
-r nC6 * = relative activity index;
(-r nC6 ) cat = n-hexane conversion index for each magnesium catalyst;
(-r nC6 ) Hβ = n-hexane conversion index for Beta zeolite in protonic form.
The determination of n-hexane and thiophene conversions were made using the equations below: (4) Where:
X nC6 = conversion of n-hexane (%); n o nC6 = inlet n-hexane molar flow rate; n nC6 = outlet n-hexane molar flow rate. The determination of hydrocarbons and sulfur compounds selectivity were made using the equations below: (6) Where:
Sel. i (HC) = selectivity for each hydrocarbon (%); n i (HC) = outlet molar flow rate for each hydrocarbon. (7) Where:
Sel. i (S) = selectivity for each sulfur compound (%); n i (S) = outlet molar flow rate for each sulfur compound.
The hydrogen transfer index was measured through n-hexane cracking, under low conversion circumstances, from the isobutane and isobutene formation rates. In this paper, this parameter was measured according the equation proposed by Lukyanov ( The molar flow rate of isobutane in the outlet was calculated from the total mass flow rate, the isobutane mass concentration, and isobutane molecular weight. The HT indexes were relatively compared, and normalized by the Hβ sample index, as follows: (10) Where:
I HT * = relative hydrogen transfer index;
(I HT ) cat = hydrogen transfer index for each magnesium catalyst;
(I HT ) Hβ = hydrogen transfer index for Beta zeolite in protonic form. This indicates that, in the ionic exchange and impregnation conditions used, equilibrium concentrations in the phases were very favorable to the transfer of almost all cations in solution to the zeolite. This was also true for aluminum charge compensation, considering that, in ionic exchange, the cation is incorporated only in aluminum charge compensation positions. Nevertheless, in impregnation it also deposits on the surface as nitrate and, then, it is converted into oxide during calcination.
RESULTS AND DISCUSSION

Catalyst characterization
The adsorption-desorption nitrogen isotherms of catalysts H, MgI, and MgE, shown in Figure 1 are typical Type IV isotherms, with Type H4 hysteresis. At high relative pressure (between 0.8 and 1.0 P/P 0 ), an increase in adsorbed nitrogen was observed, suggesting a contribution of the external surface area. The results were similar in all three Comparing sample surface areas, slight changes after magnesium incorporation into the Beta zeolite are observed, but are unrepresentative, because they are due, in part, to the increase in mass of the resulting crystals of proton replacement by magnesium in the unit cell. Based on the observation, one can conclude that the magnesium addition did not promote texture modifications in the BEA zeolite.
The catalysts' X-ray diffractograms (Figure 2) database standards, these are relative to Beta zeolite phases. No difference was observed on H, MgI, and MgE catalyst diffractograms. In light of these results, one can infer that magnesium incorporation by both routes does not alter structure or material's degree crystallinity. Deconvolution quantitative peak analyses are presented in Table 2 . After magnesium incorporation, an increase in the third peak at high temperatures and the decrease of medium and weak acidity peaks are observed (Table 2) . Such behavior suggests the substitution of weak and medium sites in Hβ by the species formed by magnesium addition. The incorporation of magnesium, whether through ionic exchange or impregnation, resulted in an average increase of 12% in the total number of acidic sites when compared to Hβ.
In MgβE and MgβI catalysts, a change in active site strength distribution was observed, in which there was a significant increase in the number of strong active sites over moderate and weak ones. 
n-Hexane cracking
Relative activity index results by the α test (Equation 3) are presented in Table 3 .
Results from the α test were coherent with total acidity replacement measured by ammonia TPD. Mg incorporation into the zeolite promoted an increase in catalytic activity of n-hexane cracking. The measured relative activity increased in the following order: Hβ < MgβI < MgβE. Strong + medium sites concentration, particularly, also obeyed this order.
Relative selectivity for HT reactions was also verified, shown as I TH * (Equation 10), to have decreased magnesium addition in catalysts. Magnesium is unfavorable to parallel and sequential hydrogen transfer reactions, despite favoring activity. This suggests that the corresponding species to acidic sites formed by magnesium addition are not as effective for HT reactions as protic peaks from the Hβ zeolite. One can infer that magnesium addition to the zeolite resulted in an increase in Brønsted acidic sites in catalysts, since the α test is a measurement of these sites' activity ( 
Test reaction with thiophene and hexane
In Tables 4 and 5 , the selectivity for catalytic tests with n-hexane charge in a mixture with 100 ppm thiophene results is presented at 500 °C, atmospheric pressure, and low conversion conditions (<10%). Table 4 shows the selectivity for cracking products (C 1 a C 5 ), isomerization (iC 6 ), dehydrogenation (mono and diolefins), cyclizing (naphthenics), the formation of heavies (oligomers), and relative HT index (I TH * ).
In hexane conversion, cracking selectivity obeys the same active site strength sequence shown by ammonia TPD: Hβ < MgβI < MgβE. The selectivity for isomerization follows the inverse selectivity order for cracking.
Hydrocarbon cracking occurs in Brønsted acidic sites, and there is a direct relationship between catalytic activity and acidic site strength (Corma & Sauvanaud, 2013; Potapenko et al., 2016). Selectivity for cracking products and/or isomerization is sensitive to zeolite structure, Brønsted acidic sites' nature and strength, and reaction conditions. Lersch and Banderman (1991), while studying alkaline-earth cations incorporation effects by impregnation or ionic exchange in ZSM-5, concluded that alkaline-earth metal addition increases the number of strong acidic sites in catalysts.
Pusparatu et al. (2012)
while studying n-hexane isomerization and cracking reactions on several zeolites, observed that the Beta zeolite presented a higher activity and selectivity for hexane isomerization when compared to MWW, MFI, and MOR. The Beta zeolite favors isomerized products desorption and diffusion due to weaker acidic sites. Nevertheless, the lower isomerization occurrence can be explained by the lower HT selectivity, because both cyclization and isoparaffins formation depend on HT for the formation of intermediary olefins. alkylation reactions (methyl, ethyl, and propyl thiophene), and condensation (benzo and dibenzothiophenes, and other heavy compounds).
The main product observed from the thiophene reaction for every catalyst was H 2 S (Table 5) . MgβI and MgβE catalysts presented lower selectivity to H 2 S values. There are several reaction mechanisms in the literature that propose different reactional paths for the observed compounds formation in Table 5 (Jaimes et al., 2011; Potapenko et al.,  2012) . One can observe that catalytic cracking occurs by successive hydrogenations in the thiophene ring with the formation of hydro derivatives, and, finally, the production of H 2 S (Valla et al., 2006) . This mechanism depends, therefore, on the availability of hydrogen for these successive reactions, and is hence unfavored by the diminishment of HT among hydrocarbons. H 2 S selectivity accompanies the HT reactions selectivity diminishment trend, as shown by the I HT * index (Equation 10). This is also coherent with what is expected since, in the array of reactions involving organosulfurized compounds, hydrogen transfer, which is a secondary catalytic paraffin cracking reaction, can promote thiophene reduction to H 2 S through proton donation from hydrocarbons The addition of magnesium to the catalysts, for having unfavored HT selectivity among hydrocarbons, decreased the successive hydrogenation steps occurrence of intermediary products from thiophene and favored the preservation of alkylated compounds, and also the formation of cracked products from intermediates, particularly mercaptans, according to Figure The increase in the number of moderate and strong active sites with the incorporation of magnesium into the Beta zeolite (Table 3) favors an increase in adsorptive capacity for these catalysts.
Shan et al. (2002)
, while studying thiophenic compounds cracking mechanisms on USY zeolite, verified that the addition of zinc oxides to the zeolite increase the number of Lewis acidic sites in the zeolite. Thiophenic compounds were absorbed by these sites while the zeolite acts through Brønsted sites during cracking. These Lewis sites, according to Wang et al. (1998), can be formed depending on the metal incorporation to the zeolite method. In cationic exchange, the presence of the cation Mg 2+ and, in impregnation, the formation of MgO, increase Lewis acidity in the zeolite. The formation of these species depends on preparation conditions and incorporated metal quantity.
One can infer that on the MgβI and MgβE catalyst surface, there was the formation of these different magnesium species, increasing the number of strong acidic sites in these catalysts. These sites, which neighbor Brønsted sites, favor a higher thiophene adsorption which reacts with the products formed in hexane cracking, and thiophene itself, increasing alkylated product formation and decreasing selectivity to cracked products, particularly mercaptans. (2015) while studying thiophene and its derivatives cracking mechanisms on pure and cationic exchanged by alkali metals Beta zeolite observed that metal addition to the Beta zeolite promotes an increase in adsorptive thiophene capacity.
CONCLUSIONS
The acidic characteristics and cracking reactions performance after magnesium incorporation into the Beta zeolite showed that this zeolite and the prepared catalysts are quite promising for catalytic cracking of sulfurized compounds.
The magnesium modification resulted in an increase in the number of Brønsted acidic sites, especially for the MgβE catalyst, when compared to the pure Hβ zeolite. The TPD-NH 3 analysis demonstrated that magnesium addition promotes an increase in total acidity and the surge of stronger active sites over the decrease of the number of moderate and weak active sites.
The catalytic test with n-hexane showed that the addition of magnesium promotes a cracking reaction selectivity increase and a decrease in isomerization reactions.
However, in the thiophene conversion case, the addition of magnesium to the Beta zeolite moderated HT selectivity compromised H 2 S selectivity from organosulfur compounds, both for the modified Beta zeolite by impregnation and cationic exchange. The addition of magnesium led to the formation of larger quantities of alkylated products over the formation of H 2 S, and mercaptans, possibly due to the decreased HT selectivity and the increase in the number of Lewis sites, which promoted an increase in adsorptive capacity of olefinic compounds, facilitating this reaction.
